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Black liquor is a byproduct of the chemical pulping process and a critical source of energy for
the pulp and paper industry. It contains the spent caustic cooking chemicals and the organic
content from the wood liberated during the cooking process. Conventionally, black liquor is
incinerated in recovery boilers to recover energy in the form of steam and the cooking chemicals
in the form of molten salt. The steam can be used in the mill for heating and drying; it can also
be used in a steam turbine to generate electricity. However, recovery boilers are not thermally
efficient in comparison with coa or gas fired power generation boilers. Clearly, improvementsin
efficiency will result in considerable cost savings. Therefore, alternative technologies have
attracted increasing interest recently. One such technology is fluidized bed gasification, which
has significant advantages over conventional recovery boilers. The product gas of black liquor
gasification is a mixture of CO, H,, CO, and H,O, which can be cleaned and burned in a gas
turbine or fuel cell to produce electricity, or fired in a boiler to produce process steam for the
mill.

In this paper, a three-phase hydrodynamic model has been developed to simulate black liquor
gasification in a commercia-scale fluidized bed with horizontal heat exchange tubes. A
previously developed probabilistic model is utilized to predict bubble behavior in the tube
bundles. The model includes an energy balance for the black liquor particles undergoing
gasification within the bed. In addition, the variation of gas mass flow rate, superficial gas
velocity and the minimum fluidization velocity is also accounted for. Model calculations
compare favorably with available data in terms of the syngas composition and carbon
conversion. Further validation of the model is not possible at present due to lack of experimental
data. However, work is in progress by other project teams on obtaining data under different
operating conditions. Once the data become available, further validation of the model will be
carried out and the influence of operating conditions on the performance of the fluidized bed
gasifier will be investigated.



1. INTRODUCTION

Black liquor is a byproduct of the chemical pulping process. It is a viscous liquid consisting of
the spent caustic cooking chemicals and organic lignin removed from wood chips when they are
cooked to liberate the fibers that become pulp. Conventional recovery boilers have been used to
recover energy from black liquor in the form of steam and the cooking chemicals in the form of
molten salt. The steam can be used in the mill for heating and drying; it can also be used in a
steam turbine to generate electricity. Recovered chemicals are fed back to the pulping process
after several recovery processes. However, the electric power generating efficiency of the
recovery boiler system is relatively low, and improvements in power-to-steam ratios will result
in considerable cost savings. Therefore, aternative technologies have attracted increasing
interest recently. One such technology is fluidized bed gasification, which has significant
advantages over the conventional recovery boilers (Grace and Timmer, 1995), including higher
energy efficiency and chemical recovery, improved environmental emissions, lower maintenance
costs and elimination of the smelt-water explosion hazard. In addition, gasification automatically
separates sulfur and sodium in black liquor, which leads to a higher pulp yield and a better pulp
quality in the mill. In conventiona recovery boilers, nearly all of the sulfur leaves with the
molten smelt as sodium sulfide. In black liquor gasification, ailmost al of the sulfur in black
liquor converts to hydrogen sulfide in the syngas, while the sodium |eaves the system as sodium
carbonate for low-temperature gasification and as molten smelt for high-temperature
gasification. Though the fluidized bed technology for black liquor gasification has significant
energy and environmental benefits, it is still under development. For a particular system, the
hydrodynamics of the fluidized bed is difficult to characterize, especialy for the systems with in-
bed heat exchange tubes. The gasification behavior of black ligquor in the bed aso requires
additional investigation. To better understand the overall performance of the system, a
mathematical model will undoubtedly be beneficial.

Various fluidized bed models have been reported in the literature. These models can be broadly
classified into two categories. The first category is the two-phase models; these models assume
that the fluidized bed consists of a bubble phase and a dense phase. Different flow patterns may
be assumed for the particle phase and the gas phase. However, two-phase models cannot predict
gas backmixing in the bed (Fryer and Potter, 1976) and recycle peaks in tracer concentration
observed in solids mixing experiments (Lim et a., 1993). The other category is the three-phase
models, which represent more readlistically the hydrodynamics of the fluidized bed; the models
assume that the fluidized bed is comprised of three distinct phases: a bubble phase moving
upward and dragging a wake phase behind it and a dense phase in which particles move
downward and gas may move upward or downward depending on the superficial gas velocity in
the bed.

The overall objective of this paper is to develop a three-phase hydrodynamic model to ssimulate
black liquor gasification in a commercial demonstration fluidized bed in Big Island, Virginia,
owned by Georgia-Pacific Corporation. The process employs the MTCI steam reformer
technology; the fluidized bed has four indirect PulseEnhanced™ heater bundles, with 253
horizontal tubes each, to provide energy for the endothermic gasification reactions. A schematic
of the fluidized bed is shown in Figure 1. Superheated steam and recycled product gas are
introduced to the gas distributor with bubble caps. Black liquor is injected at the bottom of the



fluidized bed via dual-fluid injectors to provide uniform distribution of the liquor across the
cross-section of the bed. The liquor injector provides a thin film coating of bed particles to
enhance gasification and carbon conversion (DeCarreraet a., 2002). A three-phase fluidized bed
model has been developed to simulate black liquor gasification in the steam reforming system.
The model takes into account the variation of gas mass flow rate, superficial gas velocity and
minimum fluidization velocity along the bed height. Gas temperature in different phases is
assumed to be the same, however, temperatures of particles in the wake and the dense phases are
calculated separately based on energy balance equations. Model predicted syngas composition
and carbon conversion are compared with available data.
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Figure 1. Schematic of the PulseEnhanced™ steam reformer (DeCarrera, et a., 2002).

2. BUBBLE HYDRODYNAMICS
2.1. Bubble Size

Bubble hydrodynamics in the tube banks differ from that outside the tube banks. With the
presence of tube bundles, bubbles interact with the tubes, leading to bubble splitting thereby
counteracting the tendency of bubble growth by coalescence. Thus, it is necessary to estimate
bubble sizes using different approaches for the regions with and without tube bundles.



2.1.1. Regionsbelow and above the tube bundles of the pulse combustors

For three-dimensional fluidized beds, the Darton et al. (1977) correlation has been widely used to
predict bubble growth

dp, =0.54(Ug - Uy )23 (h+4A)Y5 1gY5 (1)

where Ap is the catchment area at the distributor plate. For the MTCI process, this is calculated
to be 0.0355 m?.

2.1.2. Tubebundleregions of the pulse combustors

When bubbles strike tubes, the interaction between the tubes and bubbles may cause bubbles to
break up. The size of the daughter bubbles can be predicted using a probabilistic approach
developed by Hull et a. (1999). This approach may be summarized briefly as follows.

Assume that the parent bubble has a size, dy, less than the horizontal spacing between the tubes,
L. The probability of the parent bubble striking the tube and splitting to form daughter bubblesis
p=(d, +d,)/(d, +L). The probability of the parent bubble slipping through the horizontal
spacing between the tubes without splitting is then (1 - p). Assume also that on encounter with
the tube, the parent bubble of size dy, < L breaks up a most into two daughter bubbles of equal
size. Therefore, for a three-dimensional bubble, d} = 2d},, where dpq is the size of the

daughter bubbles. The average size of the bubbles leaving the tube banks, d, ., can now be
estimated as d,, = pd, 4 +(1- p)d,:

oo _; & 1 0ah+dy

d, o5& d, +L 5

for d,<L 2

If L£d, <d,+2L, the probability of a bubble encountering two tubes simultaneously is
p=(d,- L)/(d, +L). Itisassumed that such an encounter leads to the parent bubble breaking
up into three daughter bubbles, one with diameter L, and the other two daughter bubbles being of
equal size. Then, d}, = L° +2d; ; for three-dimensional bubbles. The probability of the parent
bubble striking only one tube is (1 - p). In this case, the parent bubble splits into two bubbles
with equal diameters, thus, dﬁye = 2d§,d' Using these relationships, the average daughter bubble
sizeisgiven by
dd- L3

- o 2L d,0, " " o, - Lo
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For d, +2L £d, < 2d, + 3L, this approach yields
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Similarly, for d, +2L £d, <2d, + 3L, the daughter bubble sizeis
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For d,.® 2d, +3L, equations similar to Equation (5) can be derived. This model has been

validated through comparison of model predictions with measurements taken from a thin
fluidized bed using a CCD video camera. The applicability of the model to three-dimensional
bubbles was also examined. Yates and co-workers (1987, 1990) reported measurements that
relate the parent bubble size with the average size of daughter bubbles resulting from encounter
with horizontal rows of tubes. Calculations using the above model compared favorably with
their experimental data (Hull et al., 1999).

2.2. BubbleRise Veocity

The most frequently adopted two-phase theory shows that bubble rise velocity is the sum of the
excess gas velocity and the isolated bubble rise velocity (Davidson and Harrison, 1963)

Up = Ug - Upy +0.71/gdy, (6)

The excess gas velocity represents the visible bubble flow according to the two-phase theory.
Several experimental investigations, however, indicate that the visible bubble flow is somewhat
smaller than that predicted by the two-phase theory (Rowe and Y acono, 1976; Werther, 1976).
For ssmplicity, Equation (6) is used in this work.

2.3. Bubble Wake Fraction

Bubble wake fraction varies in a wide range as the operating conditions change. Measurements
suggest that wake fraction depends on both particle and bubble sizes (Rowe and Partridge, 1965).
The scatter in the existing experimental data, however, makes it difficult to use an unequivocal
correlation for bubble wake fraction. In the modeling of fluidized beds, it is generally assumed
that wake fraction is constant (Chen et al., 2001); in this work, we assume that wake fraction is
0.30.

2.4. Bubble Fraction

Based on the assumption that the fluidized bed consists of the bubble phase, wake and dense
phases, the overall gas balance can be written as



Ug =fpup +fpfyemUp +[1- fy@+fy)lenUgq (7)

where ugis the local superficial gas velocity and ugy4is the gas velocity in the dense phase.

Since there is not net particle flow in the vertical direction, particles moving upward in the wake
phase must be balanced by the downward motion of particlesin the dense phase, hence,

- foupfuw =[1- f@+fy)]upg (8)

where up 4 is the particle velocity in the dense phase. The dip velocity between the gas and the
particles in the dense phase is assumed to be the ratio of the minimum fluidization velocity to the
bed voidage at minimum fluidization. Hence, the absolute gas velocity in the dense phase is
given by

Ug,d = up,d + U /emf (9)

Equations (7) to (9) can then be employed to determine bubble fraction as a function of bed
height. Note that when the superficial gas velocity is sufficiently high, uyq may become negative
indicating gas in the dense phase moving downward.

3. THREE-PHASE BUBBLING FLUIDIZED BED MODEL

A three-phase countercurrent backmixing model has been developed in this work. The model
assumes that the fluidized bed consists of three distinct phases:
- A particle-free bubble phase where the gas moves upward in plug flow
A wake phase where the gas and the solids move upward with the bubbles
A dense phase in which the solids move downward. The voidage in the dense phase is
assumed to be the same as that in the wake phase and is assumed to be the voidage at
minimum fluidization

The bubble sizes are calculated alowing for bubble growth by coalescence with increasing
height in the bed and decrease in bubble size as a result of bubble intersection with tubes.
Different bubble sizes are calculated for the bubbles in the heater tube banks, the voids between
the tube banks and the confining cylindrical walls, and the bubbles that flow through the open
wedges between the overlap of tube banks. In the model the bubble sizes are averaged across a
cylindrical cross section. Details of the model are given in the following sections.

3.1. Overall GasBalances
Since the total gas mass flow rate may change aong the bed height as drying, devolatilization

and gasification of black liquor proceed, the superficial gas velocity also changes; it can be
written as



n
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where j isthe computational cell index starting from the bottom of the bed; f is the phase fraction
and R;, M;, and h are gas species formation rate (kmol/m>s), species molecular weight and the
cell height, respectively.

3.2. Species Mass Balances

For steady state conditions, species mass balance equations in different phases can be written as
follows:

3.2.1. Bubble phase

d(upfrAC; )

= - (1Cip +12Ci W)

d(u,f,A
(b—zb)”bAwa(Ci,b - Giw) +AfR;p =0 (11)

where C; ;, denotes the concentration of species i. Subscripts b, w represent the bubble and wake
phases, respectively. A is the cross-sectional area of the bed; it changes along the bed height in
the regions of the tube bundles and the freeboard. The first term in the above equation is the
convection due to the finite velocity of the bubble phase. The second term represents the cross-
flow that accounts for the variation of bubble properties along the bed height above the gas

distributor. | 1 and | , are constant; if d(u,f,A)/dz2® 0,1, =0and | , =1;if d(u,f,A)/dz<O0,
| ,=1and |, =0. Thethird term is the exchange of gas between the bubble phase and the wake
phase. The last term represents the consumption rate of speciesi in the bubble phase.

3.2.2. Wake phase
Similarly, for the wake phase, the gas species mass balance can be written as

d(upfpfy Al d(upfpA)

C.
) +(11Cip +1 2Ci )

Z
d{[1- f, (1+f, )]JAe Uy g}
+(1 3Ci g+ 4Ciw) b W 99 4+ fyK py A(Ciw - Cip) (12)

dz
+HpKwdACiw - Cia)*tfofwem AR wg tfofw(1- €m ) ARy p =0

The first term in the above equation is the convection term. The second and third terms are the
cross-flow. | 3 and | 4 are constant; if {[1- f,(1+f,,)]Aen Ugqt/dz® O, | ;=0and |, =1; if
K[1- fp(1+fy )]Aey Ugqt/dz<0, T 3=1andl ,=0. The fourth and fifth terms are the

exchange of gas between the bubble and wake phases and between the wake and dense phases,
respectively. The last two terms represent species consumption rates due to homogeneous and
heterogeneous reactions, respectively.



3.2.3. Densephase
For the dense phase, the mass balance equation can be derived as

1- i (1+f,, )A€ s Uy, 4 C: 1- f, (1+f,, )]A€e U
A{[1- fp (1+f )A€t Ugg I'd}'(|3Ci,d+|4Ci,w)d{[ b1+ )A€ Ug g}

dz dz
+Hp KwaACi g - Ciw) +[1- fiy (1+fy )]Ae Rigg +{1- i (1+f )}A(L- € )R gp =0

(13)

The terms in the above equation represent convection, cross-flow, exchange of gas between the
dense and wake phases, species consumption rates due to homogeneous and heterogeneous
reactions, respectively.

3.2.4. Freeboard region

In the freeboard, homogeneous reactions, especially the water-gas shift reaction and the
methane-steam reforming reaction, continue. The mass balance equation must account for these
reactions. The species mass balance equation is

—+Rj = (14)
z

Ug

3.3. Exchange Coefficients

The mass exchange coefficients have been adopted from Kunii and Levenspiel (1991). The mass
transfer coefficient between the bubble phase and the wake phaseis

K pw =5.85(Dg°9%% / d®) + 4.5u ¢ /d, (15)

where Dy is the gas diffusivity and d, is the bubble diameter. The mass exchange coefficient
between the wake and emulsion phases is taken as

K wa =6.77(0.71,/gdp, Dyeny /d3)*? (16)
3.4. Energy Balance

Assume the gas in the bubble phase, the wake phase and the dense phase has the same
temperature. An energy balance for the gas phase can be written as

Ty 6h 6h
Coof gl g, * g Tofuw (L Em )Ty~ Touw) + g *{1 fo(+Tu)](L- et )Ty~ Toa)
n n
+fp& (- DHjp)R; b+ fof wems & (- DHiwg)Riwg (17)

il i=1
n
+[1- fp(1+fy)]lens & (- DH{gg)Ri gg + Qt=0
i=1



where dy is the particle diameter; h, and hy are the heat transfer coefficients between the gas and
the particles in the wake phase, and between the gas and the particles in the dense phase,
respectively, and can be readily estimated using correlations given in Kunii and Levenspiel
(1991). The first term in the above equation arises due to particle motion. The second term
represents the convective heat transfer between the gas in the wake phase and the solids in the
wake phase. Similarly, the third term accounts for the convective transfer between the gas in the
dense phase and the solids in the dense phase. The fourth, fifth and sixth terms represent the gas
phase reactions in the bubble phase, the wake phase and the dense phase, respectively. The last
term is the heat transferred to the bed from the pulse combustors. Similarly, for the particles in
the wake phase, the energy balance equation can be derived as

d(u bf bfWATp )

Cpp' p(l- €rf ) = A +Cppl pf bfwAKwd,p(Tp,W . Tp,d)
d(uyf,f, A
Copl p(L-Cmr )l 5Tpw GTpd)% (18)
HofwA(L- eny )I on fl

= (pr T )+a (- DH;, Ws)lep%"'AQvap
p

where Qug IS the energy required to vaporize the water in the black liquor. The second term
accounts for the heat transfer due to the solids exchange between the wake phase and the dense
phase. The fourth term represents heat exchange between the solids and the gas in the wake
phase and the energy consumption due to the heterogeneous reactions in the wake phase. Other
terms are similar to those in the previous equations. Similar energy balance equation can be
written for the particles in the dense phase,

Hupall-fo(1+10)IATpa) |
Cppr p(l' Cmt ) : = P ppr pf bfwAKWd,p (Tp,d - Tp,w)
d(UbfbfWA)
dz

+ Cppr p (1' Cmf )(l 5Tp,W +1 6Tpd) (19)

1 Fo (L)AL emf)w“ (Tou- T)+a(DH.dp)R.dp§ =
p

Assume that there is not heat exchange between the gas phase and the reactor wall in the
freeboard, the energy balance for the freeboard is then given by

diy
uocpgrgOl—zg+ia_1I (-DH,, )R, =0 (20)

The second term represents heat of reactions due to the homogeneous reactions.
3.5. Boundary Conditions

The boundary conditions for the energy balance equations are: at the bottom of the bed,



_ MpTpo - [1- Tp@+Ty)IA- e JUpgAT pTpg

Ty = Tqiniets T, az=0 (21)
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at the top surface of the fluidized bed,

Tp,d = Tp,w az=H; (22)

The boundary conditions for the mass balance equations depend on the direction of the gas flow
inthe dense phase. If ugye >0atz =0, then, at the gas distributor,

Cib =Ciw =Cig = Cijniet az=0 (23)

However, if ugq <0Oatz =0, then, at the bottom of the bed,

C . =Cyryi Croy = (Ug - foup)Cijnter - [1- fo@+Fy)lenrUgeCie 42=0 (24)
’ ’ ’ fofwem Up

and at the top of the bed,

Ciqg=Ciw az=H; (25)

3.6. Drying and Devolatilization of Black Liquor

Experimental data show that drying and devolatilization of black liquor are heat transfer
controlled processes under recovery furnace conditions (Frederick, 1990). Experiments and
model simulations aso indicate that, under these conditions, drying and devolatilization take
place simultaneously as black liquor droplets are heated (Dayton and Frederick, 1995; Verrill
and Wessdl, 1995). However, under the conditions considered here, it is expected that drying and
devolatilization occur consecutively. It is assumed that devolatilization takes place only after the
droplets are completely dry. The energy balance for a single black liquor droplet can be written
as

dT, 6h
Cofy—P=—W
pp" P dt dp

(Tg = Tp) - Mygpl vap (26)

where m, 4, is the volumetric evaporation rate (kg/m>s) of black liquor water and | vap IS the

latent heat of evaporation. If drying is a heat transfer controlled process, black liquor droplets
can then be assumed to be at pseudo-steady state, thus,

10



6h
Mygp = = (T - Tp) (27)

dpl vap

where Ty is the local gas temperature. Droplet temperature, Ty, can be assumed to be the
temperature of the boiling point of water at the local pressure. Drying begins once black liquor
enters the fluidized bed and is complete when all the water in black liquor vaporizes.

For simplicity, it is assumed that devolatilization time is the same as that of drying. The fraction
of each component in black liquor released into the gas phase depends on the environmental
temperature to which the black liquor subjects. Correlations reported in Frederick and Hupa
(1993) and Frederick et al. (1995) are used to determine C, H, O and Srelease rates. Volatiles are
assumed to consist of CH,4, CO, H,0 and H,S. The release amount of each gas species can be
determined from the element mass balance.

3.7. Gadfication Kinetics

Global reaction mechanisms are used to describe black liquor gasification. The reactions
considered in the model include:

Steam gasification (Li and van Heiningen, 1991)
C+H,0=CO+H, DH = +1.3556" 10° J/kmol

ae 0
Rate = 256" 10% expt- 22002 PH0
Tp gPH,0 +1.42py;

C. kmol / m3s (28)

CO; gasification (Li and van Heiningen, 1990)

C+CO, =2CO DH = +1.7174" 10® J/kmol
300709  Pco,

R C. kmol / m3s (29)
Tp gPco, ¥34Pco

x
Rate = 6.30" 10'° expt-

M ethane-steam reforming reaction (Jones and Lindstedt, 1988)

CH, +H,0=CO+3H, DH = +2.2308" 10° J/kmol
% 151050
Reie =3.00° 108 expl- ~22°"Ceyy Cyio kmol /mSs (30)
g 9

Kinetics for other reactions have been adopted from MFIX (Guenther et al., 2002), which is a
modified version of the reaction scheme used in Syamlal and Bissett (1992), and is based on
gasification kinetics proposed by Wen et a. (1982).

Methanation (Wen et al., 1982; Syamlal and Bissett, 1992)

11



C+2H, =CH, DH =-8.7519" 107 J/kmol
80780

Rate=9.87" 10° expg 7.087 - T—p;(sz Ph,)Ce kmol / m3s (31)
where
\ 1.01325" 10°
5 = 01325" 10°pcyy, 32)
2 exp(- 13.43+10999/T,)
Carbon combustion (Wen et a., 1982; Syamlal and Bissett, 1992)
C+ %0, =CO DH =-1.1129" 10® J/kmol
5.9215" 104 p
Rate= 2 kmol/m3s (33)
L@l 10
P g Kr ﬂ
where the film resistance is given by
100Dg, Sh
kf = 02 T (34)
dp R02 Tf

where Ro, is the gas constant for oxygen, R, =0.25982 m? XPa/gxK; T; is the film
temperature and can be calculated as

=(Ty+Tp)/2 (35
The Sherwood number is given by (Gunn, 1978)
Sh=(7-10g;+5¢d) (1+0.7 Re®?Sc!3) +(1.33- 2.4, +1.265) Re®' S (36)

The surface reaction rate is given by (Desai and Wen, 1978)

E
13587 2 T g/Paxm?ss (37)

fa
CO combustion (Westbrook and Dryer, 1981)

CO+ %0, =CO, DH = - 2.8303" 108 J/kmol
2e 201300

1:0 25(:(30(: kmol / m3s (39)

Rate = 2.238" 1012 exp é
g ﬂ

12



CH,4 combustion (Westbrook and Dryer, 1981)

CH, +20, = CO, +2H,0 DH =-8.005" 10° J/kmol
o
Rate=2.12" 101t expé 2_?'_356‘013002 kmol / m3s (39)
9 o

H, combustion (Peters, 1979)

H, + %0, =H,0 DH = - 2.4686" 10° J/kmol
0

Rate =1.08" 10° expé 15100‘00ch kmol / m3s (40)
1]

Water -gas shift reaction (Wen et al., 1982)

CO+H,O=H, +CO, DH =-3.6176" 10’ J/kmol
P
(05—
Rate=1.956" 10° f39 P . 0" 250'1.01325 10
€l.01325" 10° g (41)
e
expé 13969—(CCOCH20 Cco,Ch, 'K3) kmol / m3s
Tg o

where

f3=10"° exp(-8.91+ 5553/ Ty)C o (42)
and the equilibrium constant is given by

K 3= exp(-3.63061+ 3955.71/ T) (43)

The reactions involving oxygen are insignificant since for the system considered here, there is
not oxygen in the inlet streams or oxygen formed in the bed; however, these reactions are
included so that the computer code developed may also be used for combustion of black liquor.
The above mechanisms only account for gasification and combustion of carbon in black liquor.
Since black liquor contains significant amount of oxygen and considerable amount of hydrogen,
it is important to also consider the release of elemental oxygen and hydrogen from black liquor
during gasification. It is assumed that ash consists of sodium carbonate and potassium carbonate.
The release rates of elemental oxygen and hydrogen are assumed to be proportional to the carbon
gasification/combustion rate and the ratio of the amount of elemental oxygen or hydrogen
available for release to the amount of carbon available for gasification. Elemental oxygen and
elemental hydrogen are assumed to release as water vapor and hydrogen or carbon monoxide
depending on the relative release rates of elemental oxygen and hydrogen.

13



4. MODEL RESULTS

The mass and energy balance equations given above form a set of equations, which have to be
solved numerically simultaneously along with the boundary conditions. A finite-difference
method has been used to discretize the equations and a computer code has been developed. In
order to test the code, the following operating conditions are used in the simulations:

Black liquor solids: 8300 Ib/hr

Liquor solids mass fraction: 0.59
Steam flow rate: 6850 Ib/hr

Recycle gas: 4170 Ib/hr

Pressure at the freeboard: 8.8 psig
Solids removal rate: 2835 Ib/hr

Pulse combustor energy input: 6.0 MW

Figure 2 represents model predicted syngas composition in comparison with the design syngas
composition and results from a model, denoted as UU model in the figure, developed by Whitty
(2003). Whitty divided the fluidized bed into ten sections, and in each section, he assumed 10%
of black liquor gasified completely. It can be seen that the present model predictions compare
reasonably with other data. In addition, Georgia-Pacific reports a carbon conversion of above
95%; our model predicts a carbon conversion of 99.6%.

0.5
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1S

0.1 -

0 .
CO COo2 H20 H2
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Figure 2. Comparison of syngas composition.

14



Figure 3 shows the superficial gas velocity and the gas mass flow rate as functions of the reactor
height (including the freeboard). A jump increase in both the gas mass flow rate and the
superficial gas velocity near the bottom of the fluidized bed is due to the vaporization of black
liquor water and pyrolysis of black liquor, after which, the gas mass flow rate increases gradually
because of gasification of black liquor. Inside the tube bundles, decreases in the cross-sectional
area lead to spikes in the gas velocity. In the freeboard, the gas mass flow rate remains constant,
whilst the gas velocity in the freeboard changes because of the expansion of the freeboard and
changes in the gas temperature.
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Figure 3. Gas velocity and gas mass flow rate as functions of reactor height.

Figure 4 shows model predicted bubble properties. Inside the tube bundles, bubble size is very
small; basically it is the same as the tube pitch. In the open space between the tube banks and the
confining cylindrical walls, the maximum bubble size is assumed to be 1/3 of the open space
size. In the model calculations, an area-averaged bubble size is used. Also shown in the figure
are the bubble sizes for a fluidized bed without any horizontal tubes; for this case, bubbles keep
growing along the bed height. The bubble fraction isin the range of 0.15 to 0.4; spikesinside the
tube bundles are due to increase in the superficial gas velocity.
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Figure 4. Variation of bubble properties with bed height.

Figure 5 shows gas temperature and particle temperature as functions of the reactor height. It can
be seen that particle temperature is essentially the same as the gas temperature; this is not
surprising since with a diameter of 300 microns, the solid particles have a very large surface area
in contact with the gas phase. A small decrease in the temperature near the bottom of the bed is
due to the evaporation of water, followed by a gradual increase in the temperature resulting from
heat transferred from the pulse combustors. A marginal decrease in the temperature near the bed
surface is due to the endothermic carbon gasification reactions. In the freeboard, there are two
major gas phase reactions. the water-gas shift reaction and the methane-water reforming
reaction; the former is an exothermic reaction and the latter is an endothermic reaction. The
magnitudes of these two reactions dictate the gas temperature. The gas temperature increases in
the freeboard because of a higher rate of the water-gas shift reaction. Near the top of the
freeboard region, however, the gas temperature decreases dlightly due to the endothermic
methane-steam reforming reaction. Figure 6 shows variation of gas composition in the fluidized
bed. Following asmall increase in the black liquor injection point, the water vapor concentration
decreases gradually as the gasification proceeds along the height of the bed, while hydrogen and
carbon monoxide concentrations increase. In the freeboard, due to the water gas shift reaction,
both hydrogen and carbon dioxide concentrations increase and water vapor and carbon monoxide
concentrations decrease.
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5. CONCLUSIONS

A three-phase hydrodynamic model has been developed to simulate black liquor gasification in a
commercial demonstration unit consisting of a fluidized bed with horizontal heat exchange tube
bundles. Model predicted syngas composition and carbon conversion compare reasonably with
available data. Further verification of the model is not possible at present due to lack of
experimental data. However, work is in progress on obtaining data under different operating
conditions in the commercia demonstration unit and in a laboratory-scale rig. Once the data
become available, further validation of the model will be carried out and the influence of
operating conditions on the performance of the fluidized bed gasifier will be investigated. The
model in its present state is useful in identifying potential problems with the bubble flow through
and around tubes, in solids circulation in the bed, and in localized hot spots that might lead to
bed agglomeration.
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7. NOMENCLATURE

A cross-sectiona area of the bed, m?

C gas species concentration, kmol/m®

Cog gas specific heat, JkgK

d diameter, m

o g daughter bubble diameter, m

dy bubble diameter, m

d,. average daughter diameter, m

Dy gas diffusivity, m?/s

Doz oxygen diffusivity, m%s

f phase fraction

g gravitational acceleration, m/s’

h heat transfer coefficient, W/m?K

H; expanded bed height, m

Ks equilibrium constant

Kow mass transfer coefficient between the bubble phase and the wake phase, 1/s
Kwd mass transfer coefficient between the wake phase and the dense phase, 1/s
L horizontal separation between tubes, m

m gas mass flow rate, kg/s

M gas species molecular weight, kg/kmol

p probability

pi gas species partial pressure, Pa

o) heat transferred from the pulse combustor, W/m®
Quap heat required for evaporation of water, W/m®
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R universal gas constant, Jmol
Re Reynolds number (=r qun¢d, /)

Rip Riwg Riag homogeneous reaction rate in the bubble, wake and dense phases, kmol/m*s
Riws Rids  heterogeneous reaction rate in the wake and dense phases, kmol/m*s

Sc Schmidt number (=m/(r ;D,))
T temperature, K

Uo superficial gas velocity, m/s
Up bubble rise velocity, m/s

e bed voidage

I emissivity

I vap latent heat of vaporization, Jkg
m gas viscosity, Pa:s

Mg gas density, kg/m®

- carbon density, kg/m®

S Stefan-Boltzmann constant
DH heat of reaction, Jkmol
Subscripts

ash ash in black liquor

b bubble phase

bed bed

Cc carbon

d dense (emulsion) phase or daughter bubble
f freeboard or film

g gas

i gas species index

inlet inlet conditions

] cell index

mf minimum fluidization

p particle

S solids

t tube

w wake phase
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